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AHHOTAIMA—I318rA10TCA Pe3YABTATH JKCHEPUMCHTANBHOTO NCCJAELOBARMH MHTEHCUBIOCTI

Temo00MeHa TP KUIIEHHH HeROrpeToll 0 TeMNepaTyphl HACBHILERUA MULKOCTH B TpyGax ¢

(ONBIIKMM OTHOINEHMEM IJMHEL 000rpeBAeMOro y4acTKa K JMaMETpPy B YCIOBHAX HUBKUX
paBnennit. ONBITHL 1POBEAEHB HA BOJE U HOPMAJILHOM NPOINJ0BOM CIAPTE.

NOMENCLATURE

distances between points of pressure
and voltage tapping in the test section,
respectively ;

heated section length [m, mm];
distance from the heated section inlet
to the cross-section where the local
heat-transfer coefficient or wall tem-
perature is to be determined [m, mm];
internal diameter of the test tube
[m, mm];

cross-sectional area of the tube [m?];
liquid and vapour density, respec-
tively [kg/m3];

specific heat at constant pressure
[3/kg°K];

vaporization heat [J/kg];

liquid temperature at the inlet to
the heated section [°C];

liquid temperature in the cross-section
at the distance X, from the inlet [°C];
saturation temperature [°C, °K];
temperature of the onset of high-rate
boiling of subcooled liquid [°C];
temperature of the tube internal sur-
face [°C];

= t, — t, local subcooling in a certain
cross-section of the tube [°C];
absolute pressure at the inlet to the
heated section [N/m?];

G, G”, mass-flow rate of liquid and vapour

?,

9,
Qo,

P>

0y,

Ap,

Q.
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phases, respectively [kg/s];

total mass-flow rate of both phases
[kg/s];

= G/pf, liquid velocity [m/s];

= G/of, Wy = G"/p"f, reduced velo-
city of liquid and vapour phases,
respectively [m/s];

= Wy/Wo + Wy, vapour flow frac-
tion in the absence of the “slip”
effect of vapour phase;

actual vapour volume flow fraction;
specific heat flux [W/m?];

convective heat-transfer coefficient in
single-phase flow [W/m?];
heat-transfer coefficient in vapour—
liquid flow with a certain value of ¢
with no effect of vaporization on the
heat-transfer rate [W/m?°K];
heat-transfer coefficient in high-rate
boiling of sub-cooled liquid
[W/m?°K];

total pressure drop due to hydraulic
resistance and flow acceleration
[N/m?];

pressure drop due to friction in a
liquid phase flow with a total mass-
flow rate [N/m?];

= qndX,, heat quantity supplied to
flow along the tube X, [W];
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0, heat quantity spent for liquid vapor-
ization over the section length X,
(Wl
Similarity numbers
K., =q/lp"W;
K. U/C,T,

RECENT research work [1, 2] shows that the
transfer mechanism of boiling varies funda-
mentally depending on the conditions of the
experiments. At low values of heat flux, heat
is carried away from the region adjacent to
the wall mainly by the superheated liquid
which is displaced by vapour bubbles during
their growth and also at the moment of their
breaking. As the heat flux is increased the
contribution of the phase—conversion heat in
the form of vaporization in the direct vicinity
to the heat-transfer surface begins to play an
important part. At the same time, in each case,
a considerable amount of liquid is moved
towards the surface from the flow core which
fact gives rise to additional disturbance of the
region adjacent to the wall.

In pool boiling, mass transfer due to vaporiza-
tion ensures essential increase of the heat-transfer
rate even though heat flux values are consider-
ably small. Under conditions of forced liquid
motion the turbulence of a homogeneous flow
(with appropriate values of the Reynolds num-
bers) may be sufficiently high, so that vaporiza-
tion affects heat transfer only at certain relations
between the vaporization rate q/{p” and liquid
velocity W. Under the conditions of forced
motion of saturated boiling liquid the region
of the effect of mass transfer due to vaporization
may be defined by inequality of [3].

q pn l'45< é’ )0‘333 —s
e[ >04 x 1077, (1)
Cp W( p ) C,T,

In the case of a boiling liquid the main mass
of which is below its saturation temperature,
the heat-transfer rate is essentially influenced by
the temperature of the flow core. Measurement
of temperature fields shows that due to turbulent
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fluctuations the subcooled liquid penetrates
deeply into the two-phase layer adjacent to the
wall [4, 5] which results in the disturbance of a
normal process of formation and growth of
vapour bubbles. For substantial subcooling
even if inequality (1) is satisfied, conditions may
exist under which the vaporization process will
not intensify the heat-transfer rate. Thus, in
boiling of a subcooled liquid the lower boundary
of the region in which the heat-transfer rate is
affected by vaporization may be displaced
considerably toward the larger values of the
group in equation (1).

Subcooling of the flow core should also be
accounted for when the effect of velocity on
the heat-transfer rate is estimated. Increase of
the flow turbulence with velocity intensifies
heat transfer; but this is accompanied by a
deeper penetration of a larger mass of subcooled
liquid into the region adjacent to the wall.
This curtails vaporization and leads to the
reduction of the thickness of the two-phase
layer.

In evaporators with long tubes subcooling
decreases along the flow not only because heat
is supplied to the liquid, but also because the
saturation temperature decreases, which fact
provides additional difficulties in the analysis
and correlation of experimental data, The
effect of the decrease of the saturation tempera-
ture is especially important when the pressure
drop in the heated section is commensurable
with the absolute pressure in the system. This
case is very important in practice and is of great
theoretical interest. In order to study the pheno-
mena under these conditions, the present experi-
ments have been carried out at low pressures,
using the tube with a large ratio of the heated
length to the diameter, L,/d.

EXPERIMENTAL UNIT AND EXPERIMENTAL
PROCEDURE

The study of the heat-transfer rate of boiling
water and normal propyl alcohol was carried
out using an apparatus consisting of a closed
loop with forced circulation provided by a
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glandless pump. The test section (Fig. 1) was
made of a horizontal brass tube with an internal
diameter of 897 mm and wall thickness of
0-5 mm. The tube was heated by alternating
electric current of low voltage. The length of
heated section of tube No. 1 was 522 mm, that
of tube No. 2 was 896 or 1207 mm.
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FIG. 1. Schematic drawing of the experimental set. Nos. 1-13
are thermocouples.

The temperature of the heat-transfer surface
was measured with copper—constantan thermo-
couples, 02 mm in diameter, which were tin
soldered to the external tube surface.

Butt-soldered thermocouples were mounted
exactly perpendicularly to the external surface
of the tube. The solder spot was filed to the
thickness of the thermocouple junction and
then the wires insulated from the tube with a
thin layer of mica were wound one turn round
the tube. The em.f. of the thermocouple was
recorded by a potentiometer with a sensitive
galvanometer. The thermocouples were cali-
brated against a thermometer with divisions of
0-1 degC. The schematic diagram of the location
of the thermocouples on the heated sections is
shown in Fig. 1.

For measurements of static pressure 09 mm
holes were drilled in the tube. In each cross-
section the holes were linked by a circular
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chamber. Measured were the absolute pressure
at the inlet and the pressure drops along the
tube. However, the data on hydraulic resistance
were not analysed in the present work. Measure-
ments of the pressure drop allowed systematic
control of the surface condition of the test tubes.
All runs showed that the tubes may be considered
absolutely smooth. Deviations of experimental
friction resistance coefficients from those pre-
dicted by the Blasius formula over the whole
range of the Reynolds number did not exceed
+4 per cent.

To maintain pulsation-free conditions, a
butterfly valve was mounted upstream of the
test tube. The distance between the butterfly
valve and the inlet cross-section of the heated
portion for tube No. 1 was about 100d, and
60d for tube No. 2.

The temperature of the working fluid at the
inlet to the heated section was measured by
a laboratory thermometer and a thermocouple
soldered to the tube wall in front of a current-
supplying flange. This thermocouple fixed at
the unheated section of the tube provided very
exact readings of the liquid temperature. The
cooler followed by the pump and electric heater
mounted before the test tube (the butterfly
valve) allowed smooth adjustment of the liquid
temperature at the test section inlet. In all
runs this temperature was below the saturation
temperature corresponding to the inlet pressure.
The rate of the circulating liquid was measured
by a double membrane connected to a dif-
ferential manometer filled with dichlorethane.*
In the experiments with water the pressure in
the system was created by vapour generated
in a special tank. The tank was connected to a
separator of the main loop by a tube of a small
diameter. In experiments with alcohol, pressure
in the system was created by nitrogen which
was supplied to the separator from a special
vessel. The very small solubility of nitrogen in

* In experiments with alcohol, the usual inverted
U-tube manometer was used, the rate being measured with
a circulating liquid column.
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normal propyl alcohol was taken into account
but the authors considered that it could not
have any noticeable effect on the heat-transfer
coefficient.

The experimental study consisted of a series
of runs. In each series the heat flux, liquid
velocity and pressure at the inlet to the heated
section were constant. The temperature at
the inlet to the heated section was variable.
Thermocouple readings fixing the temperature
of the heating surface were recorded under
steady-state conditions. If the thermocouple
readings showed changes of temperature ex-
ceeding 02 degC, the run was considered
inadequate.

Before each series of runs water was degassed
by long-time boiling and blowing of the unit.

GENERAL RESULTS

Tables 2 and 3 and Figs. 4 and 5 show the
temperature data in a heated section for certain
sets of runs. In two sets of runs 1-8 and 31-39,
the value of the group in the left-hand side of
inequality (1) is less than 04 x 107 3. The heat-
transfer rate in these experiments is independent
of the process of vapour bubble generation at
the heating surface. It should be noted that
independence of the heat-transfer rate of vapor-
ization process is also found in runs 9-14
although in this case the value of the above

Table 1. Comparison of actual local vapour volume flow

fractions ¢ predicted by formulae (3) and (4)

Dimensionless distance from the

Run heated section inlet x,/d
No.
20 30 40 50

11 ¢from 3] — — — 01

¢ from [4] — — — 0-133
12 ¢ from [3] — 0-184 0323 0474

¢ from [4] - 0165 0342 —
13 ¢ from [3] 0124 0310 0458 0562

@from[4] 0180 0320 — —
14 o from [3] 0210 0390 0517 0610

o from[4] 0216 0370 — —
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group exceeds somewhat its boundary value
of 04 x 1075, In this connexion the heat-
transfer coefficients in a given cross-section of
the tube are estimated from the ratio of the heat
flux to the difference of the wall temperature
and the liquid temperature determined from
the heat-balance equation:

nd?
q . Ttdxh = T W . p . Cp(tl - tm). (2)

In Fig. 2(a) the distribution of the dimension-
less heat-transfer factor over the length of the
heated section is plotted from the data of runs
9-14. As a scale for «,, the value of the heat-
transfer coefficient in convective heat transfer
in a single phase flow a, was taken which was
determined according to the formula of Mikheev
[6]. The values of a, were calculated also from
formula of Hausen [7]. These points for run
No. 9 are designated by empty circles. Figure
2(a) shows that the present data for this run
are 4-5 per cent higher than «, determined by

e
s _L — e , s
1S -
3= p— >
e f Z] P
£ m /‘
- »osn—/ e =
7 s 129
= 1074 >
106 -
/
103| ,’/
101 0 20 £ 20 080
X
(b 7
/ W
2.0[Pesignation RNug' v /6,/
18| ® O 9 .
© I L /X
1-6) a 73 /'V % /A'
AR A A
|2 /,/ /| '/"/
L~
o 8= 'g’ . .
lT [e
085 10 20 40 50 60

(a)

QU @

FiG. 2. Heat-transfer coefficient (a) liquid temperature and
saturation temperature (b) along the heated section.



Table 2. Experimental data on heat transfer to water. Tube No. 1

STUDIES OF HEAT-TRANSFER RATE

T 1.(°C) Ein P, x107% gx 1073
Run €0 Nm}) (W/md)
’ 2 4 6 8 10 12
W =12m/s

1 115-1* 1159 1166 1172 117-6 1186 957 14-81 1497

2 117-0* 1176 1182 1189 — 1203 973 1491 149-0

3 118-0* 1187 1194 1201 120-5 121-1 986 1491 1520

4 119-7¢ 1207 1213 1216 1216 1223 100-7 1491 1520

5 122:6* 122:8 122-6 1217 1211 121-1 1054 1510 1522

6 124-4* 1242 122:8 1226 1217 1211 108-1 15-50 1533

7 125-0% 1250 1244 1234 1222 1219 109-6 15-60 154-5

8 126:2* 1262 124-4 1226 120- 120-0 1103 1600 154-5

9 1051 106-6 108-9 1104 - 1133 712 14-64 2455
10 119-8 1206 1214 1231 — 126:0 930 14-64 2370
i1 1231 124-6 1252 126:6 1256 1262 964 1486 2360
12 1278 1283 1255 1283 1268 126:0 102:0 1573 2338
13 1324 1316 130:0 128-0 1273 1261 1064 1673 2338
14 1347 1326 1301 1297 1272 1269 1089 1769 2338
15 1276 1283 1289 129-7 130-3 1301 80-5 1442 412:0
16 1287 129-8 1304 1298 128-6 127-0 854 1491 4250
17 — 1293 1295 1289 1281 1277 89-8 1491 429-0
18 1342 1304 1306 1292 — 128-6 908 1520 4300
18 1352 1323 1310 125-8 — 1285 938 1570 4300
20 1352 132:3 129-6* 1271 o 12741 953 15-50 4310
21 133-7 1349 - 1371 1374 1371 109-7 2470 2260
22 1369 1377 1384 139-8 1388 137-6 112:5 2470 2230
23 142-5 — 142:5, 1411, 1394, 1373, 1170 2497 2260
24 1435, 143-5, 141-8, — 1390, 135-5* 1193 2548 2280
25 1331 1354 1382 1392 1400 14211 900 2470 3880
26 1378 1388 141:1 142:3 142:8 — 951 2470 3830
27 1434 1438 1458 1464 1455 — 1010 2460 3880
28 145-0 1453 1469 1457 144-0 1431 103-2 24-69 389:0
29 144-5 1459 148:6 144-3 — — 104-0 2472 3880
30 1455 1468 1472 145-0 143-0 — 1054 2483 399-0

W =15m/s

31 1129 1131 1142 1147 1149 1158 99-2 14-89 1428
32 1139 1142 1153 1158 1161 1172 100:0 1500 1415
33 1146 1144 1156 1157 1158 1168 1009 1500 141-5
34 1170 1167 117:8 118-6 1188 1192 104-3 14-88 144-0
35 118-8 1184 119-7 120-2 1199 1197 1060 1520 144-0
36 120-5 1204 1208 1214 120-7 1209 1086 1542 144-0
37 124-0 1228 1228 122:1 1213 1203 1105 1675 1453
38 1236, — 1212 — 1195 1183 1132 1650 1453
39 1224, — 1205, — 118 1176 1136 1664 1453
40 1253 1277 1301 1309 1318 — 506 1447 72140
41 — 129-4 1304 1312 132:9 1339 555 14-47 702-0
42 — 133-8 1352 1364 1364 136:5 630 14-49 7250
43 — 1371 137-6 1384 1371 — 71-0 14-38 7250
44 139-3 1383 1375 1388 1364 1355 37 14-58 7460
45 1405 1388 1380 1392 1363 1349 751 14-70 7520
46 1396 1379 1374 1378 1355 1340 760 14-59 722:0
47 1331 1335 — 1359 1363 1368 46'6 1451 856:0
48 — 1362 1371 1375 e 1377 580 14-51 879:0

1353
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Table 2 (continued)

Run T t,(°C) Gn o Py x 107 g x 1073
) O (Nmh  (Wmd)
" 2 4 6 8 10 12
49 1392 1387 1397 139:6 139-8, 1395 619 14-51 8920
50 140-4, 1379 1369 — 135-5 1344 711 14-30 879-0
51 1404, 1371 1373 1367 1349 1333 762 1560 8560
52 1504 1499 1501 1499 1493 e 756 24-59 8720
53 1515 150-5 1499 1491 1483 — 828 2471 8720
54 1514 1497 1495 1485 1479 — 855 24-82 8720
55 1515 150-1 149-7 1481 1473 1475 880 2506 872:0
56 150-4 149-7 1489 1477 147-7 1468 904 2530 8770
57 150-8 149-5 1493 147-5 146'5 146'5 92:0 2544 8770
W = 20m/s
58 1214 122:4 1230 1241 1247 1258 888 14-81 4180
59 1234 124-1 1251 126'5 1279 1284 91-6 1485 4230
60 1259 1269 1282 1293 — 1283 962 1530 412-0
61 129-7 1303 e 1305 - 129-5 997 16:30 4175
62 1299 — 1338 1357 1363 136:5 79-0 14-61 7375
63 1340 1363 — 139:1 1389 e 855 1540 7410
64 — 136:8 1386 139-7 1394 — 870 1560 7460
65 — 137-8 140-1 140-0 — — 876 1590 749-0
66 1288 1306 1329 1347 1355 1349 553 1400 9210
67 1313 1327 1351 136:6 1374 136:6 592 14-52 9500
68 1333 1346 1366 1386 1386 1384 616 14:52 932:0
69 135-4* 1363 138-6 1399 139-5 1392 671 14-52 9230
70 138-6* 138-8 1402 1388 1386 e 749 1477 923-0
71 138-3* 138-8 140-5 139:2 1388 e 76:0 15-05 9230
72 139-4* 1399 1403 139-7 139-6 138-8 780 15-20 9280

* Figures 2, 4, 6, 8, 10 and 12 designate the thermocouple numbers according to their location along the heated
section (see Fig. 1). The asterisk above the figure is a reading of the thermocouple intermediately following that of
interest down the flow. The asterisk below the figure is the reading of the preceding thermocouple.

formula of [6], and 6-7 per cent lower than the
values of a, determined by formulia of reference
[7]. Similar relations for convective heat-
transfer regimes free of vaporization are also
obtained for other runs. In the calculation of
the local heat-transfer coefficient a, from the
formula of reference [7], the correction for
the effect of the tube length is taken in the form
[1 + 3(d/x)%).

Figure 2(a) shows also that with a certain
subcooling of the liquid at the tube inlet, the
ratio a,/a, becomes larger than unity. The
less subcooling, the higher the rate of this
increase. With the reverse sign of inequality (1),
the excess of the heat-transfer coefficient o,
over its value in the convective heat transfer in

a single-phase medium is possible only due to
vapour volume fraction ¢ increasing down the
flow which causes an increase of the true
velocity of the liquid. Since in a turbulent flow
the value of a, is proportional to the velocity
to the power 08, the value of ¢ in any section
of the tube is readily obtained from the known
distribution a,/x, = f(x,/d), [8]. For low pres-
sures, when the ratio p”/p » 1, the relation
between ¢ and a,,/a, is of a very simple form:

_ “o 1:25
e=1 ‘(a;) | ®

In Table 1 a comparison of the local values
of ¢ determined by formula (3) with those
predicted according to formula (4) is given:
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Table 3. Experimental data on heat transfer to normal propyl alcohol. Tube No. 2, L, = 1206 mm

Run T t,(°0) ti": P, x 1(2)-‘ g x 1073
© 2
No. ) 4 p 3 10 ” (O N/m?)  (W/m?)
W =20m/s
73 1254 1269 1271 1273 1308 1306 878 2365 1500
74 129-0 1343 — 1331 1361 1353 981 2382 142:0
75 1354 — 1347 1347 1363 1357 1011 24-10 142:0
76 1347 — — 1324 1318 — 1069 2265 1420
77 1265 1283 130-6 129-0 — 1302 683 2462 2290
78 — 1296, 1332 — 1343, — 783 24-62 2300
79 1298 132:0 — 1341 1339 1347 829 24-62 2300
80 1349 1365 1385 1379 1375 1371 940 2462 2300
81 — 1373 1391 1383 1377 1367 958 2462 229-0
82 1373 1387 1395 1391 1376 1389 975 2462 2270
W =195m/s
83 1361 1371 1395 1397 1393 1394 770 2442 392:0
84 1363 1372 — 1395 1393 1395 783 24-42 392:0
85 1373 1385 — 1403 1391 1381 808 2462 3880
86 1379 — 1409 — 1391 1380 81-6 2481 385-0

“

Formula (4) is obtained in [9] from the
experimental measurements of ¢ by the tracer
method. In the calculation of ¢ from formula
(4) the local subcooling in a certain cross-
section is determined allowing for the change
of the saturation temperature along the tube.
The variation of the saturation and liquid
temperature along the tube for runs 12-14 is
shown in Fig. 2(b). As is shown in Table 1, the
values of ¢ determined from different formulas
are in fair agreement.

In the calculation of local values of the heat-
transfer coefficient in boiling subcooled liquid,
some workers determine the flow temperature
in the intermediate cross-section of the tube
by linear interpolation between the measured
temperatures of liquid at the inlet and outlet
of the heated section. In this case at the outlet
from the heated section the thermocouple is
usually placed in a mixing chamber to provide
complete condensation of vapour. The present
experiments have demonstrated that a thermo-
couple placed in the mixing chamber may read
an entirely uncertain temperature since in a

large number of cases there is no complete
condensation either in the tube or in the mixing
chamber. In the case when the liquid tempera-
ture becomes the same as the saturation
temperature in the middle sections of the tube
[runs 12-14, Fig. 2(b}], the interpolation method
is quite inadequate. It is also impossible to
determine the saturation temperature distribu-
tion over the heated section from the reading
of pressure at the inlet and the readings of the
thermocouple placed in the mixing chamber,
since the prediction of the law of pressure
change along the tube between the outlet of
the heated section and the mixing chamber is
impossible. The present measurements of the
pressure drop over the unheated section which
is directly preceded by the heated one, have
shown that with certain combination of para-
meters (P, t;, w, q), the pressure at the outlet
section does not fall, but in fact increases. At
low pressures the reversible component of the
total pressure drop due to acceleration of the
liquid and vapour phases may be considerably
higher than the irreversible component, there-
fore when vapour is condensed, pressure re-
covery occurs in the unheated section. In Fig. 3
a typical curve is presented of the pressure drop
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FiG. 3. Pressure drop over the non-heated section (which

directly follows the heated one) vs. the liquid temperature

at the inlet to the heated tube (I, = 896 mm). P,, = 14-71
N/m?; W = 2m/s; g = 663000 W/m?2.

in the unheated outlet section of a length of
320 mm vs. the liquid temperature at the inlet
to the heated section (I, = 896 mm, tube No. 2).
This set of runs was carried out with the follow-
ing parameters at the heated section: P, =
1472 .10* N/m?; W =20 m/s; q = 663000
W/m?2.

In the cases when one portion of heat sup-
plied to the surface of the vapour generating
tube is spent on vaporization and the other for
increasing the liquid enthalpy, a question always
arises about the correspondence of the liquid
temperature determined from the heat-balance
equation to its true temperature at the same
tube section. At low pressures vapour mass
flow fractions at the end of the heated section
are very low in boiling of subcooled liquid,
therefore the portion of heat spent on vapour
generation is considerably smaller than that
spent on the increase of the liquid enthalpy.
Therefore the actual integral mean temperature
of the liquid will approach the temperature
determined by equation (2).

Using the values of ¢ from Table 1, the
authors have plotted the true distribution of
the liquid along the tube in runs 13 and i4.
This distribution is shown in Fig. 2(b) by the
dot—dash line. When plotting this figure two
assumptions were made: (1) The absence of
the “slip” effect of the vapour phase, ie. for

N. G. STYUSHIN and B. S. VARSHNEI

any cross-section of the tube ¢ = f (2) the

circulation velocity W = G/pf is equal to the

reduced velocity of the liquid phase W = G/pf.

With these assumptions made and taking that

= Wy/(W, + W;), the heat quantity spent

in vapour generation is calculated:
Q' =G .L=p WL (9)

-9

The difference between the values of Q =
q.7mdx, and Q" is spent on the increase of the
liquid enthalpy. If the slip effect is taken into
account, then in expression (5) the quantity ¢
must be replaced by B. Since in the presence of
the slip effect, § > ¢, for the same values of
@ Q" will be larger and the curve of the true
temperature distribution will be lower. In this
case for the determination of a new value of ¢
one more correction for the new distribution
o,/ is necessary. The corrections act in dif-
ferent directions. The calculations show that
under these conditions allowance for vapour
slip has practically no effect on the distribution
of the actual liquid temperature along the tube.

Thus, if the value of the group in the left-hand
side of inequality (1) is less than 04 x 1072,
then the heat-transfer coefficient along the
whole tube may be calculated by the formula
for convective heat transfer in a single-phase
medium, but true liquid velocity should be
taken. In other words, in this case a reliable
formula is necessary for the determination of
the actual vapour flow fraction.

Figure 4 represents the temperature distribu-
tion at the wall along the heated portion for a
set of runs in which the value of the group of
unequality (1) exceeds considerably 04 x 10775
Under these conditions the heat-transfer rate
may change within a very wide range depending
on the subcooling. With high subcoolings
(run 1), the heat-transfer coefficient over the
whole tube length is the same as the convective
heat-transfer coefficient in a single phase liquid.
As the subcooling decreases, the wall tempera-
ture increases, that favours nucleation and
growth of vapour bubbles at the heating
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surface, increases the number of operating
nucleation centres and the thickness of the
two-phase layer adjacent to the wall. All this
increases the heat-transfer rate due to both
mass transfer involved by vaporization process
and basic turbulent transfer, since when sub-
cooling of the liquid is relatively large, the
velocity effect still remains strong. The typical
wall temperature distribution for these condi-
tions is shown in Fig. 4 for runs 2-5.
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FiG. 4. Change of wall and liquid temperature along the
heated tube. .

When subcooling reaches a certain value
depending on the parameters g, P, W, the heat-
transfer rate does not depend any longer on
the temperature of the core of the flow and
becomes the same as in boiling of saturated
liquid (runs 8 and 9). For this region the heat-
transfer coefficient is better determined using
the saturation temperature.

The flow temperature at which the heat-
transfer coefficient of subcooled boiling liquid
becomes the same as the heat-transfer coef-
ficient of saturated boiling liquid is referred to
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as the temperature of intensive boiling onset
and is designated by t,,. Usually this temperature
is experimentally determined on the basis of
measured wall temperatures along the vapour
generating tube. The flow temperature becomes
equal to the temperature t,, in the tube cross-
section where the wall temperature stops grow-
ing down the flow. However, such a method is
quite inadequate in low-pressure boiling when
low vapour mass flow fraction gives rise to very
high vapour volume flow fraction. Under these
conditions, the constant wall temperature at
the end of the heated section (runs 2-4) or even
its decrease down the flow (runs 5 and 6) may
be attributed to the increase of the flow velocity
rather than to the onset of high-rate boiling.

To confirm this a typical set of runs was carried
out, represented in Fig. 5 which shows the
wall-temperature distribution (Fig. 5@), the
heat-transfer coefficient Fig. 5(b) and pressure
Fig. 5(c) along the heated section obtained on
tube No. 2 (L, = 896 mm). At the beginning of
the tube, the wall temperature increases, the
heat-transfer coefficients and hydraulic resis-
tance have the same values as in a single-phase
turbulent flow. In the second half of the tube
an essential decrease of the wall temperature
is observed, caused by the increase of the heat-
transfer rate. This is accompanied by a rapid
increase of resistance. In this case even at the
point of maximum, the wall temperature does
not attain the value which would occur in
boiling of a saturated liquid, with other things
being equal. Consequently, the growth of the
hydraulic resistance and heat-transfer rate in
these experiments may be mainly attributed to
the increase of the flow velocity.

In some experiments of the present authors,
in the starting portion of the tube or closer to
its middle cross-section, the heat-transfer rate
was the same as in boiling of saturated liquid.
The results of these experiments agree well
with the predicted relation of [3] for each case
of saturated liquid boiling in tubes (Fig. 6).
In Fig. 6 for each run are given the thermocouple
numbers designating the cross-section for which
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FiG. 5. Change of the wall temperature (a), heat-transfer
coefficient (b) and pressure (c) along the heated section.
Tube No. 2. L, = 896 mm; W = 2m/s; ¢ = 663000 W/m?>.
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,

Apxi0

1.

I

P, = 1475 x 10* N/m?;1,, = 767°C.
2. P, = 1510 x 10* N/m?; t,, = 78:3°C.
3. P, = 1515 x 10* N/m?; t;, = 78-7°C.
4.P, = 1523 x 10*N/m?; t,, = 79-2°C.

the heat-transfer coefficient is to be determined. 5 T
In the cross-sections which are placed at a ) —
larger distance down the flow, the heat- o—— 9 L

transfer rate is higher. Growth of o in these 80 A
experiments is caused by the effect of increasing X 60 7P

vapour content. In the same figure the experi- 319 50 70 1
mental data of work [10] are shown which are 9 R L o S
obtained in the case of boiling water in tubes *9 iy

with a very small ratio L/d. The heat-transfer 20 Q/ég'

process of boiling in short tubes cannot involve e ——~

the effect of vapour content and therefore the -2l 5 3530 30

treatment of the data of [10] on the basis of the
liquid velocity at the tube inlet shows good
agreement with the predicted relation of {3].
Thus when inequality (1) is satisfied and the
flow temperature becomes higher than t,,
the heat-transfer coefficient may be determined
by Sterman’s formula [3], the true liquid-
phase velocity being known. If inequality (1) is
satisfied, but the flow temperature is less than
t,,» the heat-transfer rate may change within a
wide range depending on the subcooling of the

[k &0

F1G. 6. Comparison of the present authors’ data with those
of [10] and the predicted relation of [3] with high-rate
boiling of subcooled liquid.

The authors’ data: @ = water. Runs No. 24 (thermo-
couple 2), No. 28 and 29 (thermocouples 4 and 6), Nos. 54-57
(thermocouple 2), Nos. 8 and 9 in Fig. 4 (thermocouple 2).
@ — normal propyl alcohol; runs Nos. 75 and 76 (thermo-
couples 1, 2, 3) No. 82 (thermocouple 2), Nos. 84, 85, 86
(thermocouple 6 and 8).

Data of [3]: @ = P, = 11-77 x 10* N/m?*; O = P,, =.
58-86 x 10* N/m?; © = P;, = 206:0 x 10* N/m? (water);

— = predicted curve [3].
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liquid. It would be too soon to propose any
formulae for the determination of the heat-
transfer coefficient within this temperature
range.
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Abstract—The paper discusses the results of an experimental study of heat-transfer rate of a subcooled
boiling liquid in tubes with a large heated length-to-diameter ratio under low pressure. In the experiments
water and normal propyl alcohol were used.

Résumé—On discute les résultats d’une étude e)ipérimentale du transport de chaleur pa.f ébullition d’un
liquide sous-refroidi dans des tubes avec un grand rapport de la longueur chauffée au diamétre et une
faible pression. On a employé dans les expériences de 1’eau et de I’alcool propylique normal.

Zusammenfassung—Die Arbeit behandelt die Ergebnisse einer experimentellen Untersuchung des
Wirmeiibergangs beim Sieden in unterkiihlter Fliissigkeit in einem Rohr mit grossem Verhiltnis von
beheizter Linge zu Durchmesser und bei geringem Druck. Es wurde Wasser und Normalpropylalkohol

verwendet.



